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Simulation models play a key role in development and operation of polymerization 
processes. The objective of this work is the simulation of polymerization process 
of high-density polyethylene (HDPE) in slurry phase using Ziegler-Natta catalyst 

at industrial scale. Since Ziegler-Natta catalysts produce polyolefins with wide molecular 
weight and copolymer composition distributions, a multi-site type catalyst model was used 
for simulating the polymerization process. By deconvoluting the GPC graph of a specimen 
from the first reactor it was found that at least 5-6 site types should be considered within 
the catalyst for simulating the wide molecular weight distribution of produced polymer. In 
our methodology for optimizing the kinetic parameters, the deconvolution of the GPC graph 
of only the first reactor was used. Six catalyst sites were considered for this purpose and 
a set of kinetic parameters was proposed for this number of active sites. Results from 
the simulation showed that the model is able to predict the industrial data e.g., average 
molecular weight, molecular weight distribution, production rate, and residence time 
of polymer product. By using the model, the effects of changing hydrogen, monomer, 
comonomer, and also impurities flow rates were investigated on polymerization rate, mass 
average molecular weight, and molecular weight distribution.

INTRODUCTION

polymer grades [1,2]. Simulation 
models are used in development and 
operation of polymerization processes. 
The models can be used for scale up 
and scale down calculations or for 
designing new processes [2]. The 
purpose of this work is the simulation 
of a HDPE polymerization process, 
using heterogeneous Ziegler-Natta 
catalyst, at industrial scale.

The heterogeneous Ziegler-Natta 

Slurry polymerization is one of the 
oldest and most widely used methods 
in commercial production of HDPE 
and other polyolefins. The major 
advantages of the slurry process 
include mild operation conditions, 
high monomer conversion, ease of 
heat removal, and relative ease of 
processing. The same or different 
polymerization conditions can be used 
in each reactor to produce distinct 
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catalyst produces polymers with broad molecular 
weight distribution (MWD) and copolymer composition 
distribution (CCD) because of chemical properties 
of the catalyst. It is well accepted that the existence 
of different site types within heterogeneous Ziegler-
Natta catalysts is responsible for producing polymers 
with broad MWD and CCD [1-5]. Although, in certain 
instances, e.g., very broad particle size distribution 
or high molecular weight comonomer the diffusion 
resistances could play some role [4]. 

Considering the two-site type of catalysts is 
common for modelling the wide MWD of produced 
polymers., which one site roduces low molecular 
weight polyethylene, and the other site produces higher 
molecular weight polyethylene [1,3-5]. Although, 
with considering only two-site types of catalyst, wide 
MWD can be predicted but the shape of MWD can 
not be predicted and more catalys site type should be 
considered for this purpose [2].

Khare et al. [2] presented steady state and dynamic 
models for HDPE slurry polymerization process 
at industrial scale. They used deconvolution of gel 
permeation chromatography (GPC) graphs of two 
parallel reactors product for determining the minimum 
number of active sites and adjusting kinetic parameters. 
They used the parallel reactors data for modelling 
the reactors in series order. They adjusted the kinetic 
parameters considering a single site catalyst first and then 
used the results for optimizing the kinetic parameters 
for multi-site type catalyst. Neto et al. [6] presented 
a dynamic model for LLDPE polymerization process 
based on multi-site catalyst which was developed only 
for a single slurry reactor.

In this work, a model was applied for simulating 
the polymerization process comprising two reactors in 
series where, homopolymerization takes place in the 
first reactor and copolymerization in the second one. 
The kinetic part of the model was based on previous 
published works, i.e., de Carvalho [3], McAuley [4], and 
Soares and Hamielec [1,5]. The model was developed 
for the great number of active sites by adjusting and 
optimizing kinetic parameters. Adjusting the kinetic 
parameters especially in the case of considering these 
number of active sites could be a very difficult task. As 
homopolymerization takes place in the first reactor and 
copolymerization in the second reactor, adjusting the 
kinetic parameters is very difficult especially for such 
a great number of active sites. A different methodology 

for modelling which was applied in this work is 
described in model development section. In this study, 
we used the deconvolution of GPC graph of only the 
first reactor for optimizing the kinetic parameters. 
A set of kinetic parameters for each active site was 
proposed which can be used for further investigations 
e.g., designing new grades. The simulation results were 
compared with industrial data and then by using the 
model the effects of changing reactants  flow rate were 
investigated.

MODEL DEVELOPMENT

The model is based on two reactors in series (Figure1). 
Ethylene, hydrogen, catalyst, cocatalyst (AlEt3) and 
solvent (hexane), feed continuously to the first reactor, 
where homopolymerization takes place. The product 
from this reactor passes through a flash drum and after 
removing the gaseous species feeds to the second reactor 
where ethylene, 1-butene, solvent, and cocatalyst feed 
continuously. Each reactor has the volume of 120 m3 and 
the catalyst belongs to the third generation of Ziegler-
Natta catalysts with formulation of Ti0.135MgCl2.3. The 
process flow diagram is shown in Figure 1.

Modelling was based on fundamental chemical 
engineering concepts, including mass and energy 
balances,  thermodynamics, and  polymerization  
kinetics. The mass and energy balances were used for 
each unit in the model which includes reactors, flash 
vessel, and heat exchangers. The flash vessel was 
placed between the first and second reactors and the 
heat exchangers which were the outer-cooler type, 
remove 70% of the heat of reaction. The equilibrium 
calculations are important to obtain correct phase 
compositions, which affect the reaction kinetics. Thus, 
equilibrium was considered for flash vessel. Soave-
Redlish-Kwong (SRK) equation of state [7] and Henry’s 
law were used for calculating the fugacities of species 
in gas and liquid phases, respectively. The method of 
flash calculations has been described elsewhere [7]. 
The concentrations of species at the active sites were 
assumed to be equal to the bulk concentrations. 

As described in introduction section, a multi-site 
type model was used for simulating the wide MWD 
of product. At first, the number of active sites should 
be determined. As it is known, Flory’s most probable 
distribution can be used to describe the instantaneous 
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chains with n monomer unit which is produced at site 
ith . iτ  is equal to 

nX
1 , where nX  is numeric average 

length of molecules for each active site. In Schulz-
Flory distribution the nX occurs at the maximum of 
the distribution curve. The weight fraction of the whole 
polymer with chain length of n monomer unit is shown 
by W(n):

∑
=

=
k

1i
(n)iwimW(n)

  
where,  k is the number of active sites and mi is the 
mass fraction of polymer produced at site ith.

From deconvolution of the first reactor we can 
estimate iτ  and mi for each active site. As the iτ  is 
equal to the summation of all rates of deactivation and 
transfer divided by the rate of polymerization, the rate 
constants for each site should be adjusted such that the 

MWD of polyolefins made by single-site type catalysts 
for linear chains [8,9]. After determining the number 
of active sites, kinetic parameters for each site should 
be adjusted such  that the targets,e.g., reaction rate, 
molecular weight, and MWD in each reactor were 
satisfied. For each active site, 21 kinetic parameters 
should be considered. 

In this work, we used deconvolution of the GPC 
graph related to the first reactor of a plant with series 
reactors and determined the minimum number of active 
sites and the proportional amounts of produced polymer 
in each site. The following equation shows the Schulz-
Flory distribution.

n)τexp(nτ(n)w i
2
ii −⋅=

Where, wi (n) is the molecular weight fraction of polymer 
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Figure 1. The process flow diagram. 
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calculated iτ  for each site becomes equal to the iτ
obtained from deconvolution.

In the first reactor, the transfer to hydrogen constant 
is more important than the other transfer constants. 
Therefore, by changing the transfer to hydrogen and 
propagation rate constants, iτ  was adjusted so that 
it equaled to the one obtained from deconvolution of 
the GPC graph related to the first reactor of the plant. 
Moreover, the production rate, molecular weight, and 
MWD of the product from the first reactor could be 
predicted. Other kinetic rate constants like the transfer 
to monomer and comonomer constants and propagation 
rate constants related to the comonomer were adjusted 
in a way to achieve the desired molecular weight, 
production rate, MWD, and the shape of MWD of the 
produced polymer in the second reactor. The GPC graph 
related to the second reactor was used just for checking 
the shape of the resulted MWD. If in a trial the desired 
targets were not satisfied, in the next trial, the kinetic 
parameters of the first reactor would be adjusted again. 
Considering the polymerization kinetic parameters 
should be the same in the two reactors, the procedure 
would be repeated until the targets were achieved in 
each reactor.

Reactions Mechanism
The reactions mechanism used in this work are similar 
to those outlined by Kissin [10], de Carvalho et al. [3] 

and Soares et al. [1]. The used kinetic equations are 
shown in Table1.Where, N* and N are equal to moles of 
potential active sites and activated sites, respectively. 
NH is equal to moles of activated sites terminated by 
hydrogen and Nd is equal to moles of deactivated sites. 
Ndim and NdimH  are equal to deactivated sites of N and 
NH by impurities, respectively. The indexes j and i 
refer to the type of active site and type of monomer, 
respectively where, Mi denotes monomer of  type i. Thus, 
i=1 is related to the monomer which is ethylene and 
i=2  corresponds to the alpha-olefin comonomer. The 
variables A, IM, H2 , and Q represent the concentrations 
of cocatalyst, impurity, and hydrogen and the moles of 
dead polymer molecules, respectively.

 Mass Balance
The following equation shows mass balance around 
each reactor.

∑ ∑∑ ∑ −−++−= l
M

l
o

g
M
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o

l
M

l
i

g
M

g
iM ooii

CQCQCQCQr
dt

dM

Where, rM shows the rate of consumption of each 
component in the reactors. Q is the flow rate of 
gas or liquid stream and also l

MC  and g
MC  are the 

concentrations of species in liquid and gas media, 
respectively. The indexes i and o stand for inflow 
and outflow streams, respectively. The mass balance 
equation can be developed for each species in the 
reactors which include M1, M2, N, N*, Nd, Ndim, NdimH, 
NH,, 0λ

 , 1λ
 , 2λ , 0μ , 1μ  , 2μ , A, IM, and H2. The 

0λ  ,
1λ

 
and 2λ are the moments of living polymer chains 

length and μ0, μ1, and μ2 are the moments of dead 
polymer chains length, respectively.

From population balance, consumption rate equation 
for each component was derived and inserted to the 
above equation. The consumption rate equations are 
shown in appendix section. The problem was solved 
in steady-state condition, hence, the left hand side 
derivative term of the above equation set to zero. The 
inflow stream for each component Qo

l   was unknown 
and Qo

g  was zero because there was not gaseous outflow 
stream from the first and second reactors. Seventeen 
non-linear algebraic equations were resulted which 
were solved using Matlab software.

Energy Balance
The energy balance around each reactor can be 

Table 1. The reactions mechanism [1].
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Figure 2. The GPC graph related to a sample from the first 
reactor of an industrial HDPE unit .

described by the following equation:
 
∑ ∑∑ −−−=
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In the above equation QA, iHΔ , and ri  are the rate of 
heat removal from air cooler heat exchanger, the heat 
of reaction, and the consumption rate of ith component, 
respectively. T and Tio are the reactor temperature and 
the initial temperature of each stream to the reactors, 
respectively. From this equation the temperature of 
each reactor can be calculated.As the problem was 
solved in the steady state condition, variation of reactor 
temperature with time became zero so the left hand side 
of the equation set to zero.

 
RESULTS AND DESCUSSION

In this section the simulation results were compared 
with industrial data. Also, the effects of changing 
hydrogen, monomer, comonomer, and impurities were 
investigated by using the model.

Comparing the Simulation Results with Industrial 
Data
The Figure 2 shows the MWD of the specimen from 
the first reactor. By deconvolution of the GPC graph of 
the first reactor to Schulz-Flory normal distributions, 
it is found that at least five or six active sites should 
be considered to predict the shape of MWD in that 
reactor.

Figure 3 shows the MWD curve of a specimen 
from the first reactor, which was deconvoluted into 
six normal distributions and each represents an 
active site type. The basic relationships governed on 
the kinetic parameters were obtained from literature 
for determining them [1,4,10] and then these kinetic 
parameters were adjusted and optimized as described 
in the model development section. Table 2 shows these 
kinetic parameters.

Figures 4 and 5 show the MWDs of the products of 
the first and second reactors, respectively. The circles 
sign the GPC analysis data and the line stands for the 
model prediction. As it is seen the model can predict 
satisfactorily the experimental data of the MWD, 

Figure 3. Deconvolution of GPC graph related to a sample 
from the first reactor. 

Figure 4. MWD of the first reactor product, the o signs the 
experimental data (from an industrial HDPE unit) and the line 
stands for the model prediction.

Figure 5. The MWD of the second reactor product, the o 
signs the experimental data (from an industrial HDPE unit) 
and the line stands for the model prediction.
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which is bimodal. The specifications of the products 
from the two reactors of a HDPE plant are compared 
with predicted values in Table 3.  As it represents the 
model can predict properly the industrial data.

Effects of Different Parameters on Polymerization 
Process by using the Model
Effect of Hydrogen
The influence of hydrogen flow rate on production rate 
is shown in Figure 6. It is shown that in the first reactor, 
by increasing the hydrogen flow rate, the production 
rate decreases gradually. Increase in the hydrogen flow 
rate increases the transfer to hydrogen reactions, which 
lead to a decrease in production rate.

Figure 6. The effect of hydrogen flow rate on production 
rate.

Figure 7. The effect of hydrogen flow rate on mass average 
molecular weight in the first and second reactors.

Table 3. The simulation results versus the industrial data 
from an industrial HDPE unit.

Figure 7 shows the influence of hydrogen flow 
rate on mass average molecular weight ( WM ) of the 
products of the first and second reactors. As expected 
by increaseing the hydrogen flow rate, molecular 
weight decreases at both reactors and it approaches to a 
constant value at higher values of flow rate.

Figure 8 shows the influence of the hydrogen flow 
rate on poly dispersity index (PDI) of the products of 
the both reactors. As shown by increasing the hydrogen 
flow rate, the PDI increases in both reactors but this 
increase is significant in the second one. The reason for 
the increase of PDI in the first reactor in conjunction 
with increasing the hydrogen flow rate is the existence 
of difference between transfer to hydrogen constants. 
Hence, increase of the hydrogen flow rate increases the 
difference between the lengths of molecules produced 
on different active site types. The reason for increase of 
the PDI in the second reactor is that by increasing the 

Table 2. The kinetic parameters.
Parameter Site 1 Site 2 Site 3 Site 4 Site 5 Site 6

Kf 200 200 200 200 200 200
Ki 200 200 200 200 200 200

40 40 40 40 40 40
KH 200 200 200 200 200 200

20 20 20 20 20 20
KtH 0.32 1.02 0.12 3.4E-2 5.5E-3 2.4E-4

0.32 1.02 0.12 3.4E-2 5.5E-3 2.4E-4
KHA 40 40 40 40 40 40
Kp 247.1 227.4 258.3 219.1 208.2 202.9

19.43 17.74 3.36 2.85 2.71 2.64
34.87 31.84 36.15 30.67 29.15 28.40
2.74 2.5 2.84 2.41 2.29 2.23

Ktm 0.032 0.074 0.0072 0.002 8E-4 0.002
0.18 0.48 0.072 0.006 0.0024 0.006

0.032 0.074 0.0072 0.002 8E-4 0.002
0.18 0.48 0.072 0.006 0.0024 0.006

KB 4E-5 4E-5 4E-5 4E-5 4E-5 4E-5
4E-5 4E-5 4E-5 4E-5 4E-5 4E-5

Ka 0.009 0.009 0.009 0.009 0.009 0.009
Kdim 120 120 100 56 32 20
Kd 1E-5 1E-5 1E-5 1E-5 1E-5 1E-5
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Reactor1 Reactor2Data Unit Actual Model Actual Model
Production
rate kg/h 8610 8652.4 18216 18210

Monomer
conversion % 94.4 94.9 95.6 95.17

nM g/mol 5389.1 5237.7 11538 10622.8

wM g/mol 48885 47985 238182 235861

PDI 9 9.13 20.6 22.2
Residence time h 3.46 3.056 1.03 1.00
Reactor
temperature C 84 ± 1 83.3 80 ± 4 82

Comonomer
conversion % 45.5 49.7

Comonomer
content % 2.27 2.36

o



Iranian Polymer Journal / Volume 15 Number 8 (2006) 661

Figure 8. The effect of hydrogen flow rate on PDI in the first 
and second reactors.

chain lengths while increasing of the transfer reactions 
and initiated sites decrease the chain lengths. The 
former is dominant in the first reactor and the latter is 
the main effect in the second one.

The  influence of monomer flow rate on PDI is shown 
in Figure 11. As can be seen, by increasing the monomer 
flow rate in the first reactor, the PDI increases slightly 
due to the existence of differences between transfer and 
propagation rate constants in different active site types. 
But, PDI decreases considerably in the second reactor 
because the chain lengths of dead molecules which 
exit from the first reactor increase with increasing 
of monomer flow rate to the first reactor. Since the 
monomer flow rate to the second reactor is constant, 
the differences between lengths of produced molecules 
in the first and second reactors decrease with increasing 
of the monomer flow rate to the first reactor. In other 
words, the PDI decreases in the second reactor.

Effect of Comonomer
Figure 12 shows the effect of comonomer flow rate 
on polymerization rate. As shown with increasing of 
comonomer flow rate,  polymerization rate increases 

Figure 9. The effect of monomer flow rate on production rate 
in the first reactor.

Figure 11. The effect of monomer flow rate on PDI in the first 
and second reactors.

Figure 10. The effect of monomer flow rate on mass average 
molecular weight in the first and second reactors.
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hydrogen flow rate in the first reactor, the number of 
deactivated molecules which exit from the first reactor 
and have low molecular weight increases. This leads 
to an increase in the differences in the chain length 
of molecules in the second reactor and consequently 
increases the PDI. Soares et al. [1] have showed the 
similar effect of the increase of PDI by increasing the 
hydrogen concentration. 

Effect of Monomer
Figure 9 shows the effect of monomer flow rate on 
polymerization rate. It is obvious that the increase 
of monomer concentration in slurry increases 
polymerization rate which is linear.

The influence of monomer flow rate on mass average 
molecular weight ( WM ) is shown in Figure 10. As 
shown by increasing the ethylene flow rate, WM  
increases linearly in the first reactor but decreases in 
the second one. The rate of polymerization increases 
with increasing the monomer flow rate but in another 
hand, transfer reactions and the number of initiated 
sites increase in the first reactor. These are conflicting 
effects. Increasing of the polymerization rate increases 
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Figure 16 shows the influence of increasing of 
impurity flow rate on WM  in the first reactor. As shown, 
increasing the impurity flow rate, at first decreases 
the WM  due to increasing the deactivation reactions 
and then increases the WM  due to decreasing of the 
number of active sites.

Finally, Figure 17 shows the effect of impurity 
on PDI of the product of the first reactor. Since the 
rate of deactivation of the first and second sites are 
considered higher than that of the other sites, with 
increasing  the impurity flow rate, these active sites 
which are responsible for producing lower chain 
lengths molecules are reduced. Thus, the differences 
between chain lengths of molecules related to the 
remained active sites decrease and consequently the 
PDI decreases.

CONCLUSION

We have applied a steady-state model for simulating 
slurry HDPE polymerization process with two CSTR 
reactors in series order. The model is based on multi-

Figure 13. The effect of comonomer flow rate on mass 
average molecular weight in the second reactor.

Figure 14. The effect of comonomer flow rate on PDI in the 
second reactor.

Figure 15. The effect of impurity flow rate on production rate 
in the first reactor.

Figure 12. The effect of comonomer flow rate on production 
rate in the second reactor.

Hakim S.et al. Simulation of a Series of Industrial Slurry Reactors...

linearly.
Figure 13 shows the effect of comonomer flow 

rate on WM  of the product. As shown with increasing 
of comonomer, flow rate WM  decreases due to the 
increasing of the transfer to monomer and comonomer 
reactions which lead to an increase in low molecular 
weight fractions of produced polymer.

Figure 14 shows the influence of increasing of 
comonomer flow rate on PDI. Since comonomer 
consumption is relatively higher in active site types 
which are responsible for producing lower chain length 
molecules, with increasing of comonomer flow rate 
the length of these molecules increases, therefore, the 
difference between chain lengths decreases and as 
shown PDI decreases slightly.

Effect of Impurity
Figure 15 shows the effect of impurity on polymerization 
rate in the first reactor. As shown with increasing the 
impurity flow rate, production rate decreases. This rate 
reduction is low in lower concentrations of impurity 
but in higher concentrations this reduction is more 
significant. 
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Figure 16. The effect of impurity flow rate on mass average 
molecular weight in the first reactor.

Figure 17. The effect of impurity flow rate on PDI in the first 
reactor.

site-type catalyst.
At first for determining the number of active sites we 

have deconvoluted the MWD curve of a specimen from 
the first reactor to a number of Schulz-Flory normal 
distributions. It has been shown that for predicting 
the shape of wide MWD curve of the first reactor, 
minimum of 5-6 active sites are needed. A set of kinetic 
parameters has been obtained based on six active sites 
for HDPE polymerization of ethylene by 1-butene. 

It is concluded from the results that the model 
based on six sites of catalyst can predict properly 
the industrial data, e.g., the production rate,   WMn   ,  WM , PDI, monomer conversion, and composition 
of the product. By using the model, the influence of 
some parameters were studied on polymerization rate, 
PDI, and WM . It is concluded that with increasing 
the hydrogen flow rate, PDI increases slightly in the 
first reactor and increases considerably in the second 
reactor. The production rate and WM  also decrease 

with increase of hydrogen flow rate.
By increasing the monomer flow rate in the first 

reactor, the production rate increases linearly. PDI 
increases slightly in the first reactor but decreases 
considerably in the second one. Also, WM  increases 
linearly in the first reactor but decreases in the second 
one. With increasing the comonomer flow rate, 

WM   ,and PDI decrease and production rate increases 
linearly in the second reactor. With increasing the 
impurity flow rate, the production rate decreases in the 
first reactor. At first, WM  decreases and then increases, 
also, PDI decreases considerably.
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SYMBOLS  AND  ABBREVIATIONS

Symbol Unit Description

iΔH J/mol Heat of reaction of ith component

in& mol/h Flow rate of moles of ith component to the reactors
A mol/L Cocatalyst concentration
CCD Copolymer composition distribution
CM Concentration of species in liquid or gas phase
Cp J/mol.K Heat capacity
GPC Gel permeation chromatography
H2 mol/L Hydrogen concentration

i Type of monomer i=1: ethylene i=2 alpha olefin
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Symbol Unit Description

i Type of monomer i=1: ethylene, i=2 alpha olefin
comonomer

IM mol/L Impurity concentration
j Type of active site
Ka(j) 1/s Rate constant for impurity desorption (site j)
Kd(j) 1/s Rate constant for spontaneous deactivation (site j)
Kdim(j) L/mol.s Rate constant for site deactivation by impurity (site j)
Kf( j) ٍ Rate constant for site formation (site j)
KH(j) ٍ Pseudo-rate constant for initiation by monomer (site j)
KHA(j) ٍ Rate constant for initiation by cocatalyst (site j)
Ki(j) ٍ Rate constant for initiation by monomer (site j)
Kp(j) ٍ Pseudo-rate constant for monomer propagation(site j)
KtA(j) ٍ Pseudo-rate constant for transfer to cocatalyst (site j)
KtH(j) ٍ Pseudo-rate constant for transfer to hydrogen (site j)
Ktm(j) ٍ Pseudo-rate constant for transfer to monomer (site j)
Kβ(j) 1/s Pseudo-rate constant for hydridelimination (site j)
Mi mol/L Molar concentration of monomer of type I

nM g/mol Number average molecular weight
MT mol/L Total molar concentration of monomers in reactor

WM g/mol Mass average molecular weight
mw1 ٍ Molecular weight of ethylene unit monomer
mw2 ٍ Molecular weight of comonomer
MWD Molecular weight distribution
N(0,j) mol Mols of initiated sites of type j
N*(j) ٍ Mols of potential sites of type j
Nd(j) ٍ Mols of deactivated sites of type j
Ndim(j) ٍ Mols of sites of N(r,j) deactivated by impurities
NdimH(j) ٍ Mols of sites of NH(j) deactivated by impurities
NH(0,j) ٍ Mols of sites of type j terminated by hydrogen

Ni(r,j) ٍ Mols of growing polymer with chain length of r on site
type j, with terminal monomer of type i

NT(r,j) ٍ Mols of total growing polymer chains with chain length of
r, on type j

PDI Poly dispersity index

Q(r,j) mol Mols of dead polymer molecule with chain length of r,
formed on sites of type j

QA J/h Heat removal from air cooler heat exchanger
Qg Gas stream flow rate
Ql Liquid stream flow rate
rM mol/h Consumption rate of species

wi(n) Molecular weight fraction of polymer chains with n
monomer unit which is produced at site i

W(n) Weight fraction of polymer with chain length of n
monomer unit

(j)λi
ith moment of living polymer molecule produced on site
type j

(j)μ i
ith moment of dead polymer molecule produced on site
type j

p
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